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This article describes a systematic miniplant-based approach to rapid development
of simulated moving bed (SMB) chromatography applications. The methodology
involves analysis of single-column pulse tests to screen adsorbents and operating con-
ditions and to determine initial values of profile advancement factors used to specify
flow rates for an initial SMB miniplant experiment. A lumped-parameter linear driving
force rate-based model is developed by fitting process data from a single miniplant
run. The data are fit in a two-step procedure involving initial determination of effective
adsorption isotherm constants as best-fit parameters with subsequent adjustment of cal-
culated mass transfer coefficients to refine the data fit. The resulting simulation is used
to guide further miniplant work and minimize experimental effort. The methodology is
illustrated with miniplant data for a binary protein separation showing excellent
agreement between model results and process data generated over a wide range of
operating conditions. © 2009 American Institute of Chemical Engineers AIChE J, 55: 2848—
2860, 2009
Keywords: simulated moving bed, chromatography, process simulation, process
development, process design, separation, purification

Introduction

Miniplants have long been utilized in the design of separa-
tion processes for chemical manufacturing." The miniplant is
a scaled-down version of the equipment envisioned for the
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commercial scale. It is sized for reasonably small feed vol-
umes and to allow convenient modification for rapid evalua-
tion of potential improvements, yet the scale should be suffi-
ciently large to allow reliable scale-up. Ideally, this approach
to specifying a commercial design should be combined with
computer simulation to correlate performance data in terms
of fundamental relationships between process variables. The
resulting model can then be used to guide further experimen-
tation and ultimately to develop a mathematical framework
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for design calculations.” This combined approach is routinely
employed when specifying operating conditions and equip-
ment dimensions for commercial processes involving distilla-
tion®™ and liquid—liquid extraction.”’

In the present work, we show how the miniplant concept
in combination with process simulation can provide an effi-
cient methodology for developing simulated moving bed
(SMB) chromatography applications and for demonstrating a
functioning design at the miniplant scale. In our work, we
have found that computer simulations generally are not suffi-
ciently accurate to eliminate miniplant experimentation alto-
gether, although they are very valuable for identifying trends
and thus for reducing the number of miniplant experiments.
Once satisfactory performance has been demonstrated in the
miniplant and favorable process economics have been estab-
lished, the focus can turn to scaling up the design to achieve
the same performance at the commercial scale. Methods for
scale-up of fixed-bed adsorption and chromatography equip-
ment are described elsewhere.®™'?

The advantages of a simulated moving bed (SMB) process
scheme compared to standard or batch elution chromatography
include the ability to minimize dilution of products and maxi-
mize the productivity of the separation media while achieving
high purity and recovery of the desired product or prod-
ucts.®*71> The basic SMB process was patented in 1961 by
Broughton and Gerhold at UOP."? Tt was first commercialized
for purification of p-xylene'® and has since been developed in
a variety of forms for other applications. One of the best
known involves separation of fructose and glucose to produce
enriched high-fructose corn syrup.17 The use of ion-exchange
media for this separation was first described by Lefevre'® at
Dow in 1962, and SMB technology was later employed to
improve process productivity. More recently, a great deal of
attention has been given to separation of specialty chemicals
including therapeutic proteins and other biomolecules'* 2! and
chiral compounds.?>* To facilitate evaluation of additional
applications where SMB chromatography may provide a cost
effective option and thus take full advantage of its potential,
new methods are needed that allow rapid assessment of pro-
cess feasibility and rapid specification of reliable designs
where appropriate, and this is the focus of our work.

A method involving analysis of single-column pulse tests to
determine approximate operating conditions for a new SMB
chromatography application was first published by deRosset
et al. in 1976.%° A number of authors have since proposed
methods for optimizing SMB performance.22725’27730 In our
process design work, we have introduced the use of profile
advancement factors obtained from pulse tests and emphasized
generation of key miniplant data to quickly develop an accu-
rate simulation. To illustrate the methodology, we chose the
protein separation studied by Houwing et al.?® as a model sys-
tem. This system, which is not of commercial interest,
involves separation of aqueous bovine serum albumin (BSA)
from equine heart myoglobin (EHM).

Key process concepts

A typical SMB process employs multiple fixed-bed col-
umns (or sections of columns) and four zones to separate
feed solutes into two fractions: a slow-eluting fraction in the
extract and a fast-eluting fraction in the raffinate.®*'> In the
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model system we chose to study, BSA is the fast eluter
(66 kDa molecular size) and EHM is the slow -eluter
(17 kDa). The SMB process is operated by switching the
flow of liquids from one column to another (or between
column sections) to approach the theoretical performance of
true countercurrent solid-liquid flow. Compared to true
countercurrent operation, the somewhat-less efficient SMB
fixed-bed mode of operation avoids problems associated with
engineering the movement of solids. In this section, we
review key definitions of SMB process productivity and
describe strategies for increasing productivity.

Process Productivity. The productivity of an SMB pro-
cess often is expressed in terms of the production rate per
total packed-bed volume (P,cqia, @ measure of media utiliza-
tion efficiency) or in terms of the mass of product produced
per volume of feed plus elution solvent (Pyyyen, @ measure
of solvent usage efficiency):

CAA,raforaff + CB,extracthxtracl
Vmedia

CA,raforaff + CB,extraCthxtracl
P solvent — (2)
Qfeed + Qeluent

ey

P media —

In these equations, solute A is a relatively fast eluting
product isolated in the raffinate, and solute B is a slower
eluting product isolated in the extract. Productivity also may
be defined for a single product solute A or B, in which case
only the term corresponding to the solute of interest appears
in the numerators of Egs. 1 and 2. Additionally, a product
dilution factor may be defined for each key product solute:

Ca feed
Filtiona = —— 3)
CA raft
CBfeed
FiutionB = +——— 4)
CB.exlracl

Process Zones. A four-zone SMB process scheme is
illustrated in Figure 1. The four zones form an internal loop.
Liquid flow rates and step time are adjusted so that key slow
and fast eluting solutes move in opposite directions relative to
the movement or switching of inlet and outlet ports through
the loop’s sequence. Zone I is located from the eluent inlet to
the extract outlet; Zone II is between the extract outlet and
the feed inlet; Zone III is between the feed inlet and raffinate
outlet; and Zone IV is between the raffinate outlet and the
eluent inlet. Within the SMB loop, Zones II and III serve to
allow the key fast and slow components to move farther apart,
while Zones I and IV serve to prevent the slow component
from falling too far back and the fast component from moving
too far forward, respectively. For this study, the 12 SMB col-
umns were allocated in a 2-5-4-1 zone configuration as fol-
lows: 2 columns in Zone I; 5 columns in Zone II; 4 columns
in Zones III; and 1 column in Zone IV. Because the bulk of
the separation in an SMB process occurs in Zones II and III,
more of the columns were allocated to these zones.

Flow Rate Requirements. For high productivity opera-
tion, liquid flow rates must be carefully adjusted to improve
the separation while minimizing solvent consumption. As an
extreme example, if the flow rates in all of the zones were

DOI 10.1002/aic 2849



Eluent Zone |
Extract
Eluent -
FY
L]
: L .
n
L] "a
Extract
. . ¥ E
Zone IV L. Light = Slow Maoving - Zona ll
-. Dark = Fast Maving .-
LI L
Raffinate

o :
i 3

Liguid am
_= | 2 s
™ L] - L} L

1.- IlILI| Il'l.=' I-.--.- R
-
Raffinate ®* " Feed

Zone 11 Feed

Figure 1. Four-zone SMB operation.

the same, the key fast eluter would continue to move net
“forward” (clockwise in Figure 1), while the key slow eluter
would continue to move net “backward” (counterclockwise
in Figure 1). Eventually, the fast eluter would lap the slow
eluter such that the two components become mixed together
at a lower concentration than present in the feed stream. In
general, flow rates must be adjusted to prevent the compo-
nents from lapping each other and to generate an internal
profile in which essentially all of the fast eluter exits in the
raffinate and all of the slow eluter exits in the extract.

In Zone 11, the ideal flow rate is such that the fast eluter
barely moves forward (clockwise into Zone III). Conse-
quently, the flow rate in Zone II is not fast enough to allow
the majority of the slow eluter to move forward. In Zone III,
the liquid flow rate is chosen so that the slow eluter barely
moves backward (counterclockwise) and thus the fast eluter
will continue to move forward. The liquid flow rate in Zone
IIT will always be greater than the flow rate in Zone II
because the flow rate in Zone III is equal to the sum of the
flow rates of Zone II and the entering feed.

Much has been published on identifying proper flow rates for
Zones II and III; this is the main focus of the triangle theory of
SMB operation.”’ However, flow rates for Zones IV and I also
are critical to achieving economically viable, highly productive
operation. In these two SMB zones, the lowest and highest flow
rates are used, respectively. In Zone IV, where the key fast elu-
ter is prevented from lapping the key slower eluter, the flow
rate should be adjusted so that even the fast eluter is forced in
the backward direction and the flow rate is just slow enough to
prevent the fast eluter from moving from Zone IV into Zone I.
The flow rate in Zone IV should be no slower than necessary
because this yields a more economical operation as more sol-
vent will be recycled into Zone I and less fresh solvent will be
required. In Zone I, where the key slow eluter is prevented from
falling behind, the flow rate should be adjusted so that it is just
fast enough to force the slow eluter to move forward; that is, to
prevent it from falling backward from Zone I into Zone IV.
Specifying a flow rate in Zone 1V that is too slow or a flow rate
in Zone I that is too fast requires extra elution solvent and
reduces the efficiency of the SMB process.
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Experimental and Simulation Details
Materials

Proteins were obtained from Sigma Aldrich: bovine serum
albumin (BSA), 66 kDa, pH ~7, > 98% purity (catalog no.
A7906); and equine heart myoglobin (EHM), 17 kDa, >
90% purity (catalog no. M1882). Deionized water (contain-
ing 0.15 M NaCl and 10 mM phosphate buffer) was used for
feed and elution solvent. The chromatography media were
Perloza® MT 100 Medium macroporous spherical cellulose
beads manufactured by lontosorb (www.iontosorb.cz, Czech
Republic). Bead diameters were 100-250 ym, with a volume
median diameter of 175 um. A previous study’> reported
very high particle porosity, &, = 0.919. The manufacturer
has reported fractions of total pore volume accessible by bo-
vine serum albumin and by myoglobin equal to 0.70 and
0.83, respectively.

Apparatus

The SMB miniplant was a Knauer GmbH model CSEP®
C912 apparatus controlled using ValveChrom® software.
The miniplant contained 12 stainless steel columns, each 36
inches (0.91 m) long with a 0.43 inch (1.09 cm) inner diam-
eter. The inner diameter was sufficiently large to avoid sig-
nificant wall effects. Column ends were fitted with 0.5-inch
OptiFlow® end-fittings and distributor from Grace Davison,
and an 80-um screen. Each column was packed using media
slurried in eluent containing 10 mM phosphate buffer with a
higher NaCl concentration than that used later during opera-
tion (0.2 M NaCl vs. 0.15 M NaCl). Using a somewhat
more concentrated salt solution caused the media to shrink
slightly; packing each column this way allowed the media
to expand slightly once the columns were put into operation,
thus minimizing formation of excess void spaces. The 12
columns were mounted on the Knauer system’s rotating car-
ousel housed in a 25°C air-heated oven. The total volume of
the 12 columns (or total media volume) was 1028 mL. Total
system volume including dead volume between columns
was estimated to be about 1040 mL. Feed and elution-sol-
vent supply tanks, and extract and raffinate receivers, were
placed on electronic balances so the inlet and outlet mass
flow rates and overall material balance could be monitored.

Operating and sampling procedures

The miniplant was operated at constant flow rates for feed
and elution solvent and for removal of raffinate and extract
from the SMB loop. Flow rates were calibrated using elution
solvent and then monitored during miniplant operation by
measuring weight changes for feed, elution solvent, raffinate,
and extract. Flow rates typically varied within +5% for the
feed flow rate and within £2% for all other flows. For plot-
ting internal process concentration profiles, 1 mL samples of
liquid exiting a single column were taken at the start of each
step in a 12-step cycle using an 8-port sampling valve from
Valco Instruments (model 8UW). Achieving steady cyclical
operation generally required 12 complete cycles or about
1.2 days of run time. After steady operation had been
achieved, composite samples of raffinate and of extract were
collected through an entire 12-step cycle.
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Analytical

Samples were analyzed using an Agilent 1100 Series
HPLC equipped with an autosampler, a UV detector
(220 nm), and a Zorbax® 3000SB-C3 column 4.6 x 150
mm?, 5-pum particle diameter) at 25°C. A gradient analytical
method was controlled using ChemStation®™ software. Mobile
phase A was HPLC grade water with 0.1 vol % trifluoroace-
tic acid. Mobile phase B was HPLC grade acetonitrile with
0.085 vol % trifluoroacetic acid. The flow rate was 1.0 mL/
min. Over a 10-min period, the mobile phase composition
was changed linearly from 65% A/35% B to 25% A/75% B,
after which the composition was changed back to the starting
composition and the column re-equilibrated for 8§ min prior
to the next injection. The sample injection volume was
10 pL. Reported concentrations are the average values of
two analyses.

Process simulation

Lumped-Parameter Model. A number of approaches have
been taken to analyze or simulate SMB process schemes
including the use of true moving bed approximations'*?
and standing-wave models.>”** In our work, we utilized a
standard lumped-parameter linear driving force rate-based
model.'*20213435 \ith this approach, the material balance
for component i in column j, in terms of mass per unit vol-
ume, is given by

oCy; 9*Cy; 9C
& 8;/ =g _,«—axzu _y 8xU — (1 — &)k ap (q;q _ C]ij)
®)
The material balance within a solid particle is
0qij
o = Fmi (q?fq - flij) ©)

The lumped-parameter or overall mass transfer coefficient
(km,) 1is related to individual mass transfer coefficients
through the reciprocal addition rule:

L _K KK -
km i kext,i kint,i kint i

y y

where k. ; accounts for mass transfer at the external surface of
a particle and k;,,, ; accounts for mass transfer within the pores.
Values for key; may be obtained from various correlation
equations®®>%; however, for most liquid chromatography
applications the overall rate of mass transfer is controlled by
resistance within the pores, so the k. ; term can be neglected.
Values for kj,;, may be estimated from well-known expres-
sions for intraparticle mass transfer,”'%>® vyielding the

following approximate equation:

_kinii _ 10Dee; 10 (F55~i817)2Dm‘i
i K; Kid, Kid, (2- FSC#'SP)Z

(3)
In utilizing Eqs. 7 and 8, it is assumed that the system
exhibits near-linear isotherm behavior and that diffusion
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within macropores provides the dominant resistance to mass
transfer.'*>% We have included a size exclusion factor
(Fs.;) to represent the fraction of internal porosity that can
be accessed by a given solute. Specifying linear isotherms

4 = KiCjj ©))

and substituting a,, = 6/d,, for uniform spherical particles, Egs.
5 and 6 may then be expressed as follows:

8C,‘j o 82Ci/ Uu; 8Cij 1-— Ep lﬁi 1-— &p
B Taa M )9k )6
(10)
9gqij _ i
E l//iC,, qu, (11)

where the symbol Y, denotes constants for each solute
given by

(Feeitp)’ 60Dy
(2= Figy) 4§

lpi = km,iapKi ~ King,idp =~ (12)

Equation 12 allows estimation of mass transfer resistance
independent of K; and without detailed characterization of
the media’s internal pore structure.

The approximations inherent in Eqs. 10-12, in addition to
those described earlier, include the following: (1) particle size
distribution is nearly uniform or can be represented by a single
effective diameter; (2) mass transfer coefficients are independ-
ent of solute concentration and liquid velocity; (3) equilibrium
adsorption capacity remains a linear function of solute concen-
tration and does not approach saturation at high solute concen-
trations; (4) adsorption and mass transfer effects for any one
component in a multicomponent system are independent of
other components; and (5) the operation is isothermal with
negligible thermal effects due to adsorption. In addition, the
use of F. to account for any size exclusion effects provides
only a rough approximation. A term accounting for the spread-
ing of concentration profiles due to dead volume between col-
umns, as described by Migliorini et al.,39 was not included
because the amount of dead volume within our miniplant sys-
tem was negligible (<1.2%).

Boundary Conditions. The SMB boundary conditions are

given by
E; 0Cj;
Cyj —7/{ ax’f =C,atx=0 (13)
Extract node, Cjj = Cjj 10 atx =L (14)
Raffinate node, Cjj = Cjjy10 atx = L (15)
_o _
Eluent node, Cjj = —Cji;jpatx =L (16)
Qv
Feed node, C;; = @c,ﬂm - @C,“feed atx=L (17)
On On

The overall flow balances are
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Extract node, Oy = O — Qexiract (18)

Raffinate node, Qrv = Omp — Oratt (19)
Eluent node, O; = Qv + Qcluent (20

Feed node, Om = On + Ofeed (21)

For our work, solute concentrations were set to zero
everywhere at time zero.

Determining Suitable Parameter Values. Axial dispersion
coefficients E; may be calculated by using the data correla-
tion of Chung and Wen™:

d .
P~ 0.2+ 0.011R 22)

Pe = —=
Ej

An average particle diameter (for which a, ~ 6/d,) must
be estimated from knowledge of the media. We chose to rep-
resent the Perloza® MT 100 particle size distribution (100—
250 um) by using the volume mean diameter of 175 pum.
For ¢,, a value of 0.35 is recommended for spherical media
of near uniform size distribution. Somewhat smaller values
may result for well-packed spherical media with a significant
fraction of relatively small particles. Irregularly shaped par-
ticles often exhibit values of &, = 0.4-0.5. The actual value
will also depend on the procedures used to pack a given col-
umn.’” Molecular diffusivities may be estimated from the
Siddiqi and Lucas correlations*':

Dm; =2.98 x 1077 for aqueous solutions (23)

1.0267,0.5473 7
Iz Vm,i

0.265
m.liquid

Dy = 9.89 x 1078 U
M0.907Vr(31.74§5

for organic solutions (24)

using the following units: Dy, ; in cm?/s, T in K, Vin liquia and
Vim,i in mL/g mol, and u in cP. Values for ¢, and F.; must be
determined from measurements or estimated by comparison
with similar materials.

To obtain effective values for mass transfer coefficients
and isotherm constants, we propose the following two-step
procedure: (1) calculate initial values for y; = kiy; a, from
Eq. 12 and determine effective values for K; by fitting avail-
able SMB process data, treating the K; values as adjustable
parameters; and (2) refine the values for the mass transfer
coefficients by refitting the data, now treating the ; values
as adjustable parameters while maintaining the K; values as
constants. Note that in using this approach, only approximate
values of &, &, Fy;, Dm,, and d, are needed because by
adjusting K; and ; to match process data the methodology
compensates for uncertainties in these system properties. The
resulting best-fit values also represent overall values that
compensate to some extent for approximations inherent in
the model’s derivation. Alternatively, isotherm constants and
mass transfer coefficients could be determined by careful
measurement of liquid—solid equilibrium and solute diffusiv-
ities, or one might extract these parameter values from anal-
ysis of chromatograms or pulse tests.”***** We prefer to
determine effective values by fitting actual SMB process
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data, because this insures a process simulation that is suffi-
ciently accurate for process design purposes.

Computer Methods. Athena Visual Studio® software
was used to solve the model’s system of partial differential
equations, employing the upwind second order WENO
method*® and PDAPLUS Solver. The calculations were car-
ried out for 12 cycles of SMB operation to insure a good
representation of steady cyclical operation (where a single
cycle refers to 12 step changes) using 600 discrete position
calculation points (50 increments for each column in the col-
umn concentration profile) and 100,000 total discretization
points with respect to time (giving a time increment of
~1 s). This was necessary to insure that the material balan-
ces for each solute in the raffinate and extract closed reason-
ably well (generally within 100 &= 2%). The material balance
was determined by comparing Ca feedQfeced With Ca raftQratr +
C A extractQextract fOr solute A (and the corresponding compari-
son for solute B). Additional numerical accuracy was possi-
ble, but this required using a larger number of calculation
points which added considerably to the required computation
time. Using a PC with 2.6 GHz processor and 2.0 GB RAM,
the typical computation time for a single computer run was
on the order of 10 h. Additional discussion of material bal-
ance errors and computation time for rate-based SMB simu-
lation is given elsewhere.*’

Because of long computation times, we did not attempt to
precisely quantify the effects that uncertainties in the various
input values had on calculated outputs. One possible
approach for future study is given by Xin and Whiting.48
These authors have proposed a general Monte Carlo method-
ology that requires evaluation of 100+ simulations to deter-
mine the range of uncertainties in simulation results for
known (or estimated) uncertainties in input values.

44 45

Results and Discussion
Determining SMB start-up conditions from pulse tests

Pulse test data were generated using a single miniplant-
size column packed with Perloza® MT 100 Medium media
(Figure 2). The data are expressed in terms of
solute concentration in the effluent relative to that in the
feed (C;efiuent/Citeea) Versus the number of empty bed vol-
umes (BV) of feed liquid that have passed through the
column. These are convenient treatments to normalize the
data with respect to feed concentration and column size. The
data in Figure 2 were used to select values of profile
advancement factors given by

_ Qk 12 step

Vcolumn

Jx (25)

using the logic outlined in Table 1. The resulting fi values
were used to set target flow rates for the first SMB miniplant
run. The analysis of Figure 2 is summarized in Tables 2 and 3.
This approach to determining SMB starting conditions was
developed at Dow by Pynnonen.*’ It is an extension of the
pulse test methodology introduced by DeRosset et al.?® and
utilizes concepts similar to triangle theory.31

The logic of Table 1 and Eq. 25 can be stated as follows:
By requiring that fi = BVj = Qi X fep/Veolumn, ONE is set-
ting the advancement of solutes within a column to be equal
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Pulse Test Perloza MT 100 (100-250 pm)
Feed 10 mg/mL, 1.0 BVihr
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Figure 2. Pulse test results used to generate initial
SMB run parameters.

Conditions: Temp. = 22°C; protein concentration in the
feed pulse = 10 g/L protein (50% BSL, 50% EHM); media
= Perloza MT 100 Medium beads; inlet flow rate = 1.0
bed volume per hour; face velocity = 1.5 cm/min.

to (or nearly equal to) that measured in the pulse test, at the
point where the desired effect is achieved (as described in
Table 1), because the test is carried out using a single col-
umn of the same size packed with the same media. The use
of multiple columns within a zone improves the separation
by allowing components to move farther apart. Once initial
values for f3, f4, and f; are chosen by interpretation of the
pulse test data and the maximum face velocity was specified,
then all the flow rates plus values for f, and fy, can be
determined from the material balance for the process (Eqs.
18-21) and Eq. 25.

In our example, the pulse test was conducted at a face ve-
locity of 1.5 cm/min. Face velocities will not be the same in
the SMB run, and indeed will be different in each zone, but
they do not need to be exactly the same because the pulse
test data are normalized. Concentration profiles likely will
change somewhat over a range of flow rates due to mass-
transfer resistance effects, but the pulse test analysis pro-
vides a good initial measure of what can be expected. Also

note that the pulse test data in Figure 2 do not show baseline
resolution between the component peaks nor is this desira-
ble. Instead, the goal is to separate the leading edge of one
peak (the fast eluter) from the trailing edge of the other peak
(the slow eluter). The peaks should overlap significantly
while maintaining good purities within the leading edge and
trailing edge regions; that is, without significant peak spread-
ing. This facilitates a good binary separation at the maxi-
mum productivity potential. If the overlap is small, the con-
centration of solute in the feed pulse should be increased
and the test repeated.

Miniplant results

A total of seven sequential runs were made using the
SMB miniplant. Decisions to adjust each run were made by
evaluating the internal component profiles and adjusting the
four profile advancement factors using the logic outlined in
Table 1 and described in Process Concepts. The miniplant
data were later used to evaluate our approach to process
modeling. Liquid face velocities (the superficial liquid veloc-
ities at the entrance to each column) for all Runs, and the
corresponding profile advancement factors, are listed in Ta-
ble 2. The miniplant operating conditions are summarized in
Table 3. The process concentration profiles obtained for each
run are shown in Figures 3-6. These are standard plots
showing solute concentrations sampled at the beginning of
each step as a function of column sequence number (the
position relative to the beginning of Zone I). Brackets with
labels are included to indicate where feed and elution solvent
were added to the process and where raffinate and extract
were removed from the process. Careful accounting for con-
centrations over the ranges where extract and raffinate exit
the SMB loop is particularly important, because the concen-
trations of solute in these streams change greatly over the
course of a step and because the integrated concentrations
give the process product compositions which are used to cal-
culate system performance.

Product concentrations, purities, and recoveries are listed
in Table 4 for each run. The concentrations are the compos-
ite values for an entire cycle (12 steps). Recoveries were

Table 1. Selection of Initial Profile Advancement Factors by Analysis of Pulse Test Data*

1 Start by specifying f5 for Zone III. From the chromatogram, choose a BV value that includes a large fraction of
fast eluter, but only a small fraction of slow eluter (at the leading edge of the second peak). The goal is to choose
a value that achieves high recovery of fast eluter in the raffinate while
minimizing the amount of slow eluter that contaminates the raffinate. Set f3 equal to this value.

2 Specify f4 for Zone IV. Choose a BV value that includes some of the fast eluter but only a small fraction of this
component (at the leading edge of the first peak). The goal is to choose a value that prevents fast eluter from
moving forward into Zone I, but is as large as possible to minimize the required amount of fresh elution solvent
that needs to be added to Zone I. Set f; equal to this value.

3 Specify f; for Zone 1. Choose a BV value that includes a majority of the slow eluter and almost all of the fast
eluter (at the trailing edge of the first peak). The goal is to choose a value that prevents slow eluter from falling
back into Zone IV, but is as small as possible to minimize the required amount of elution solvent. Set f; equal to
this value. Note: This procedure can be visualized as the mirror image of the procedure used to select f3, by
interpreting the chromatogram from right to left instead of left to right.

4 Choose a maximum face velocity. Specify a value no greater than about 10 cm/min (about 3 gallons
per minute per ft> of cross-sectional area) for any one of the columns, unless data are available for similar systems
suggesting larger values are likely to be appropriate. Alternatively, a study of face velocity effects may be conducted in the

course of running pulse tests.

5 Calculate flow rates for all the process streams and zones by material balance using Eqs. 18-21 and 25. This also
sets the values of f, and #y.,. Note that f; < f> < f3< fi, consistent with triangle theory.”!

*Refer to Figures 1 and 2 and to Key Process Concepts for discussion of each zone and its function.
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Table 2. Face Velocities and Profile Advancement Factors

Zone I Liquid Face ~ Zone II Liquid Face

Zone III Liquid Face

Zone TV Liquid Face Profile Advancement Factors

Run Velocity (cm/min) Velocity (cm/min) Velocity (cm/min) Velocity (cm/min) f b /5 fa
Run 1 target* 8.1 55 6.1 4.5 1.15 0.78 0.86 0.64
Run 1 actual® 8.0 5.6 6.1 4.6 1.135  0.795 0.870  0.653
Run 2 8.0 5.6 6.1 4.6 1222 0.856 0932 0.703
Run 3 8.0 5.6 6.1 4.6 1.310 0916 1.003 0.753
Run 4 7.7 5.6 6.1 43 1.257 0917 1.003  0.700
Run 5 7.9 5.8 6.3 4.1 1.237 0913 0995 0.639
Run 6 7.9 5.8 6.4 4.1 1.244 0915 0997 0.639
Run 7 15.8 11.7 12.7 8.1 1.237 0916 0.997  0.639

*Target conditions estimated from pulse test data (Figure 2).
fConditions obtained after minor adjustments made during the run.

calculated two ways: (1) as calculated directly from the ana-
lytical results, and (2) as adjusted to force 100% account-
ability for each protein. The experimental accountability for
each solute typically was within 100 = 5%. In those cases
where experimental accountability was greater than 100%,
forcing closure of the material balance resulted in a smaller
reported recovery value. Most likely, these differences are
due to small errors in flow rate measurements; however,
they may also be due to small errors in measuring protein
concentrations.

After the initial shakedown run, each subsequent run
involved an adjustment in operating conditions to move to-
ward improved performance. In Runs 2-5, the profile
advancement factors were adjusted slightly in each run by
changing flow rates and/or steptimes to move the operation
toward achieving higher purities and recoveries, keeping in
mind the flow rate requirements outlined earlier in Key Pro-
cess Concepts. In Run 5, the purity of BSA in the extract
remained at 99.94% with recovery increasing to 99.4%
when accounting for material balance closure, and the purity
of EHM in the extract increased to 97.8% with a recovery of
99.8%. Obtaining EHM with 97.8% purity at high recovery
is a particularly significant result when considering that
EHM comprised only 20% of the feed protein. The results
of Runs 2-5 illustrate just how sensitive SMB performance
can be to small changes in flow rates within each zone. In
Run 6, the feed concentration was tripled while keeping all
system flow rates and the step time the same as those used
in Run 5. Similar product purities and recoveries were
achieved. In Run 7, the SMB system productivity was
increased further by doubling the feed rate. The results from

Run 7 were again very good with BSA purity remaining at
99.9% with greater than 99% recovery. The EHM purity
also remained high, dropping only slightly from previous
runs to just less than 95% with higher than 99% recovery.
We have also included results obtained after continuing Run
7 for an additional 24 h (Table 4). The process performance
was very similar to the previous results, indicating that
steady cyclical operation had been achieved at the earlier
point in the run and that there was no significant fouling of
the separation media during the course of a run.

Productivity

Table 5 lists productivities for each of the 7 miniplant
runs. Productivities based on total packed-bed volume and
total solvent use were as high as 1.74 g total product (iso-
lated BSA plus isolated EHM) produced per hour per liter of
media, and 3.7 g total product produced per liter of feed
plus elution solvent. The concentration of protein in the feed
was as high as 30 g/L total protein (80% BSA, 20% EHM).
The dilution factors for each protein were about 4:1. By way
of comparison, this productivity is significantly greater than
that demonstrated by Houwing et al.”® It should be empha-
sized, however, that these authors were first to develop the
separation, and they did not claim to have optimized the
SMB process for high productivity operation in their experi-
ments. We calculate productivities for this earlier work of up
to Piedia = 0.8 g/h/L and Pypyene = 0.3 g/L. Dilution factors
varied from 9:1 to 14:1 for a feed containing 6 g/L total pro-
tein (83.3% BSA, 16.7% EHM).

Table 3. SMB Miniplant Operating Conditions

Feed Eluent Extract Raffinate BSA Feed Conc. EHM Feed Conc. Step Time

Run (mL/min) (mL/min) (mL/min) (mL/min) (g/L) (g/L) (min)
Run 1 target* 0.5 33 24 14 8.0 £ 0.1 2.0 + 0.02 13.0
Run 1 actual’ 0.48 £+ 0.02 3.18 £ 0.1 2.24 £ 0.05 1.43 £+ 0.05 8.0 £0.1 2.0 £ 0.02 13.0
Run 2 0.45 £+ 0.02 3.18 £ 0.1 2.24 £ 0.05 1.40 £ 0.05 8.0 £0.1 2.0 £ 0.02 14.0
Run 3 0.49 £ 0.02 3.18 £ 0.1 2.25 £ 0.05 1.43 £0.05 8.0+ 0.1 2.0 £0.02 15.0
Run 4 0.49 £ 0.02 3.18 £ 0.1 1.94 + 0.05 1.73 + 0.05 8.0 £ 0.1 2.0 + 0.02 15.0
Run 5 0.49 £ 0.02 3.56 = 0.1 1.93 £ 0.05 2.12 £ 0.05 8.0+ 0.1 2.0 = 0.02 14.4
Run 6 0.49 £ 0.02 3.60 £ 0.1 1.96 £ 0.05 2.13 £0.05 24.0 £0.2 6.0 £ 0.05 14.4
Run 7 0.98 £+ 0.03 7.12 £ 0.15 3.82 £ 0.05 4.26 £+ 0.05 24.0 £0.2 6.0 £ 0.05 7.2

*Target conditions estimated from pulse test data (Figure 2).

Conditions obtained after minor adjustments made during the run.
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Figure 3. Miniplant data (symbols) and simulation

results (lines) for Runs 1 and 2.

Pressure drop

The performance summarized in Tables 4 and 5 was
achieved using total system pressures up to 580 psig (40
bar). This maximum pressure drop was due to flow through
5 columns. Lower pressures could be used in a commercial-
scale unit by placing booster pumps after each column. This
would yield pressure drops on the order of 120 psig (8 bar)
per column based on the miniplant data. Although operation
at significantly higher pressure drop might further increase
productivity, we generally favor limiting pressure drop to
this level to avoid high capital costs because of the high cost
of large-scale equipment with a high pressure rating.®
Pressure drop may also be reduced by operating at a higher
temperature.

Process simulation results

The lumped-parameter model described by Egs. 10-22
was developed to model the BSA/JEHM protein separation
by fitting the miniplant data from Run 3 (Figure 4). Effective
overall values for the isotherm constants and mass transfer
coefficients were determined by using the two-step procedure
described earlier. All remaining model parameters were esti-
mated from knowledge of the system. The final best-fit
model parameters are summarized in Table 6. This set of pa-
rameter values was used to simulate all subsequent runs car-
ried out over a wide range of operating conditions—without
readjusting any of the values. Plots comparing simulation
results with experimental process concentration profiles are
shown in Figures 3—6 for Runs 1-7. The agreement between
the simulation results and the overall set of process data is
excellent with only slight deviations for Runs 1 and 7. Run
1 was a shakedown run that may not have attained com-
pletely steady cyclical operation. The Run 7 data set repre-
sents the greatest extrapolation away from the data set used
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Figure 4. Miniplant data (symbols) used to develop the
process model (lines).

The data are from Run 3. Final model parameters are sum-
marized in Table 6.
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Figure 5. Miniplant data (symbols) and simulation
results (lines) for Runs 4 and 5.

to develop the model, to much higher solute concentrations
and flow rates, yet the fit to the data remains quite good.

Calculated product composite concentrations were
obtained by integrating the component profiles over the por-
tion of the profile where the extract and raffinate streams
leave the process. These results, summarized in Table 4,
show that our process-data based approach to developing a
simulation of the SMB process provides a good framework
for representing trends in component concentrations and
purities over a wide range of operating conditions.

Recommended methodology and example predictions

Methodology. Based on the previous discussion, we rec-
ommend the following procedures for evaluating a new
SMB chromatography application and developing a process
model from miniplant data:

(1) Use single-column pulse tests to screen various types
of media and media properties (such as particle size, poros-
ity, and pore structure), as well as a range of operating con-
ditions such as temperature, elution solvent, or pH (if appli-
cable).

(2) For the better performing candidate media, solvent,
and temperature, analyze the pulse test chromatograms using
the logic summarized in Table 1 to determine f values.

(3) Use these factors to specify initial conditions for an
SMB miniplant test, as described in Table 1.

(4) After one or two shake-down runs, utilize miniplant
data (typically expressed in terms of process concentration
profiles as in Figure 4) to develop the lumped-parameter
model described by Eqs. 10-22. Determine a value for ¢,
from measurements for a given column or choose an approx-
imate value for ¢, equal to 0.35 for spherical media or 0.45
for irregularly shaped media. To calculate initial values for
;, utilize Eq. 12 with values for &, and F.; obtained from
measurements or by comparison with known values for simi-
lar media. Identify an approximate average particle size

1 Feed  mm— Ty
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Figure 6. Miniplant data (symbols) and simulation
results (lines) for Runs 6 and 7.
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Table 4. SMB Miniplant Data and Simulation Results at Steady Cyclical Operation*

Experimental
% of Protein in Feed Material
Recovered in the Balance
Raffinate Extract Desired Stream Accountability”
Run No. and change BSA Conc. BSA Purity* EHM EHM BSA in EHM in BSA EHM
from previous run (g/L) (%) Conc. (g/L) Purityi (%)  Raffinate (%) Extract (%) (%) (%)
1. Initial run 0.75 £ 0.02 99.6 0.43 £ 0.01 25.6 27.6 (27.5)% 1004 (99.6)% 100.4 100.8
0.25 98.5 044 20.2 9.0 97.6
2. Adjust fi values 2.36 + 0.05 99.95 0.42 £ 0.01 61.9 91.9 (85.3)%  104.0 (99.9+4)° 107.8 104.0
to improve separation /.73 99.99 042 51.8 63.0 97.5
3. Adjust fi values to 2.82 + 0.05 99.95 0.43 £ 0.01 81.1 102.7 (94.7)° 99.4 (99.9)% 108.5 99.5
improve separation 2.65 99.99 045 94.7 96.8 101.9
4. Adjust fi values to 2.35 £ 0.05 99.95 0.53 £0.02 93.6 104.1 (98.3)%  104.2 (99.9)F 105.9 104.3
improve separation 232 99.96 0.51 98.8 102.6 101.6
5. Adjust fi values to 1.88 + 0.05 99.95 0.53 £0.02 97.8 101.9 (99.4)°  103.4 (99.8)° 102.5 103.6
improve separation 1.84 99.89 0.51 99.8 99.5 101.2
6. Triple feed 527 £ 0.1 99.95 1.48 + 0.03 97.5 95.5 (99.4)% 99.0 (99.9)* 96.1 99.1
concentration 5.57 99.89 1.55 99.8 100.9 103.3
7A. Double feed rate 554 +£0.1 99.90 1.62 + 0.03 94.6 100.4 (98.6)° 105 (99.6)° 101.8 105.6
5.39 98.90 1.49 92.0 97.6 96.7
7B. Validate steady 554 £ 0.1 99.90 1.56 + 0.03 94.7 100.1 (99.5)%  101.2 (99.6)% 101.6 101.5
operation! 5.39 98.90 149 92.0 97.6 96.7

*Simulation results obtained using the model summarized in Table 6, shown in italics.

100 X [C; ratiQratr + CrexractQextractV/Ci secdQreca-
*Calculated from measured BSA and EHM concentrations.

§Recovery adjusted to force ~100% material balance: Recovery,gjusiea = 100 X Recoveryipiu/experimental accountability (%).

IRun 7 results after an additional 24 h of operation.

from knowledge of the particle size distribution. Calculate
values for D,,; by using available correlations such as those
given by Eqgs. 23 and 24. (Other ways of estimating initial
values of mass transfer coefficients and /; might also be
used if available.) Starting with these initial estimates of v,
determine effective values for K; by using standard fitting
routines to fit the miniplant data, treating the isotherm con-
stants as adjustable parameters. If needed, the fit to the data
may be improved in a second fitting step, this time adjusting
the V; values and holding the K; values constant. This sec-
ond adjustment can be particularly effective at improving the
fit to the leading and trailing edges of the process concentra-
tion profiles. Subsequent adjustment of K; values or &, may
further improve the fit; however, this additional step was not
necessary in our example. Chan et al.** provide additional
guidance regarding strategies for adjusting model parameters
to fit chromatography data.

(5) Keeping in mind the flow rate requirements outlined
in “Key Process Concepts,” use model calculations to iden-
tify changes in flow rates within each zone that move the
process operation toward higher productivity while maintain-

ing raffinate and extract compositions within desired specifi-
cations. Also consider the potential effects that using higher
feed concentrations, higher feed rates, and lower solvent
rates might have on the productivity of the process. This
will be an iterative work process in which a change in one
process variable such as feed concentration may require
readjustment of the flow rates within each zone to maximize
productivity or to maintain product purity and recovery.

(6) Run additional miniplant experiments as needed to test
the predictions and demonstrate performance. If necessary,
adjust the model parameter values to improve the fit to the
most promising miniplant run, and repeat Step 5.

(7) Once the conditions for a final design have been cho-
sen, model parameters may be adjusted again to optimize the
model’s ability to represent process performance at the
design conditions. Then, the resulting dynamic simulation
may be used to help specify the commercial design as well
as to help develop start-up and control strategies.

As our example has demonstrated, this methodology can
yield a mathematical model that provides a good fit to mini-
plant data over a wide range of operating conditions. To be

Table 5. SMB Process Productivities and Dilution Factors

Pmediu (g/h/L) Psolvem (g/L) Fdilulion
Run No. BSA EHM Total Protein BSA EHM Total Protein BSA EHM
1 0.06 0.056 0.12 0.29 0.26 0.56 10.7 4.7
2 0.19 0.055 0.25 0.91 0.26 1.2 34 4.8
3 0.24 0.056 0.30 1.10 0.26 14 2.8 4.7
4 0.24 0.060 0.30 1.11 0.28 1.4 34 3.8
5 0.23 0.060 0.29 0.98 0.25 1.2 4.2 3.8
6 0.66 0.17 0.83 2.8 0.71 3.5 4.6 4.1
TA 1.38 0.36 1.74 2.9 0.76 3.7 4.3 3.7
7B* 1.38 0.35 1.73 2.9 0.74 3.7 4.3 3.8

*Run 7 results after an additional 24 h of operation.
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Table 6. Process Model Parameter Values Obtained by
Fitting Run 3 Data

Best-fit linear adsorption isotherm
constants®

Columns per zone (2-5-4-1
configuration)

Kegpm = 1.14
KBSA = 079
Zone 1 = 2 columns
Zone II = 5 columns
Zone III = 4 columns
Zone IV = 1 column
Flow rates (mL/min) and step Values listed in Table 3
time

Solute concentrations in the
feed (g/L)

Fixed-bed voidage and
intraparticle porosity

Mass transfer coefficients (final
values).* Initial values of ;
were estimated using
Eqgs. 12 and 23.

Size exclusion factors

Values listed in Table 3

&, = 0.35, &, = 0.92

1

kmErm ap = 2.1 min71

km,BSA ap = 1.0 min—

F. = 0.83 for EHM
Fs = 0.70 for BSA

Axial dispersion coefficients’ E; =040

(cm*/min) for Runs 1 to 6 E, =0.28

E; =0.30

E,s =023

Axial dispersion coefficients E, =0.77

(cm*/min) for Run 7 E, = 0.57
E; =0.63

Es =040

Effective particle diameter (um) dy, =175
Liquid density (g/mL) p=10
Liquid viscosity (Cp) u=0.89

*Obtained using the two-step procedure described in Process Simulation.
fCalculated using Eq. 22.

successful, the methodology requires generation of reliable
process data, so careful attention to accurate measurement of
concentrations, flow rates, and component accountabilities is
needed. Uncertainties in the process data used to develop the
simulation can have a large impact on the simulation’s abil-
ity to extrapolate performance to untried operating condi-
tions.

Because the methodology produces a reliable simulation
of the process, Step 5 allows rapid consideration of many
potential changes in process variables and for this reason can
save much time in process development. Furthermore, com-
putational approaches may be used to facilitate optimization
of the process. An example is discussed by Kawajiri and
Biegler.*® Careful attention to computational efficiency will
be needed because of long computation times required for
accurate simulation using a rate-based model. Computation
time may be reduced using various numerical methods such
as the wavelet collocation method described by Yao et al.>®

As discussed earlier, the lumped-parameter linear driving
force model given by Egs. 10-22 involves a number of sim-
plifying assumptions. Once a set of model parameters has
been determined by fitting data from an early miniplant run,
and a given process moves toward higher and higher produc-
tivity, at some point the deviation between model predictions
and actual performance is likely to increase (as discussed
earlier for Run 7 in Figure 6). This may occur because non-
linear effects begin to be felt as solute concentrations
increase. However, the ability of the lumped-parameter
model to guide miniplant experimentation may be extended
simply by refitting the data to determine new effective val-
ues for K; and ,; that better match the latest process data,
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thus anchoring the model at a better position from which to
extrapolate further. An example is illustrated in Figure 7,
which shows the improved fit achieved by refitting the Run
7 data. In this particular case, the deviation was small and
refitting the data was not necessary to obtain a good repre-
sentation of process performance (as shown in Table 4). In
practice, however, updating the model parameters as more
process data become available at higher levels of productiv-
ity is recommended to insure the best possible representa-
tion.

The methodology we describe does not include specific
reference to identifying an optimal particle size; however,
Steps 1-6 can be used to evaluate a range of particle charac-
teristics including particle size. The effect of particle size
could be included in the simulation by noting that v; oc l/dg
and by adding an expression for pressure drop as a function
of particle size and face velocity, treating particle size as an
adjustable process variable. In principle, the model could
then be used to identify the proper balance between particle
size, face velocity, and column length in order to maximize
separation performance without exceeding a practical pres-
sure drop limit. In our example using the BSA/EHM model
system, we utilized media with a size distribution of 100-
250 um in diameter, close to the 145 um diameter that
Houwing et al.?® claimed should be the optimal particle size
for this system using a similar media. In general, media in
this size range can provide a good balance of desirable prop-
erties in terms of achieving good separation performance
using relatively long columns without excessive pressure
drop.8 Temperature also is an important factor because of its
potential impact on diffusivities, adsorption constants, and
pressure drop. Initial pulse tests including pressure drop
measurements can be carried out to determine the most
effective operating temperature.

Finally, we have focused our work on increasing the pro-
ductivity of a traditional SMB process scheme. The same
approach also may be applied to other SMB process schemes
described in the literature.” Once a satisfactory process simu-
lation has been developed for a given process scheme, it is
possible to estimate the relative performance of alternative
process schemes by changing the details of the code (intro-
ducing different boundary conditions, variable feed concen-
trations, or variable switching times, for example) to model
the alternative configuration.
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Figure 7. Simulation results achieved after refitting the
Run 7 data in Figure 6.

Best-fit model parameters are Kgspa = 0.78, kmpsa ap =
2.1 min~ ', all else the same as in Table 6.
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Table 7. Predictions of Overall SMB Performance for the Model Protein System?*

RBCOVBI‘y Pmedia Psnlvenl
Purity (%) (%) (g/h/L) (g/L) Fdiution

Case Process Change BSA EHM BSA EHM BSA EHM BSA EHM BSA EHM

Run 7 for ~ Experiment 999 946 98,6 996 138 036 29 076 433 3.70

comparison  Simulation (Tables 4 and 5) 989 920 976 967 134 033 284 070 445 4.03

A Increase the feed rate by 50%." 9.0 946 967 979 199 050 397 1.00 336 265

B Increase the total protein 9.0 942 964 979 198 050 421 1.07 451 398
concentration in the feed by 50%.

C Add one column to Zone II and one 993 950 96.7 98.7 1.14 029 282 072 449 395
column to Zone III to obtain zone

configuration 2-6-5-1.% ]
D Reduce the elution solvent addition rate by 20%.% 967 935 964 886 132 030 340 078 451 276
E Reduce elution solvent addition rate by 20%, 96.9 97.8 97.4 89.0 1.34 0.31 3.44 0.79 4.46 2.75

use zone configuration 2-6-3-1 with a slightly
increased step time from 7.20 to 7.25 min.**

*Calculated using model parameter values listed in Table 6.

"The raffinate outflow was increased to accommodate the increase in feed flow rate. The extract flow rate was kept the same as in Run 7.

“Each column was equal in size to the columns used for Run 7.

SThe extract outflow was reduced to accommodate the decrease in the elution solvent addition rate. The raffinate flow rate was kept the same as in Run 7.

Example Predictions. Table 7 lists the results of predic-
tions calculated using the process model summarized in Ta-
ble 6 to illustrate how the methodology can be used to assess
trends and guide experimentation. As described in Table 7,
each case considers the impact of making specific changes
relative to Run 7 as a base case, all else the same. These
examples illustrate the effect of a change in a single vari-
able. Multi-variable optimization likely will yield improved
results.

Case A illustrates the potential impact of an increase in
the feed rate. In this example, the elution solvent inlet rate is
not changed, so both product dilution factors decrease signif-
icantly as the feed rate increases, by a factor of 1.3 for BSA
produced in the raffinate and 1.5 for EHM in the extract.
Yet the calculations suggest that very similar purities and
recoveries can be achieved. Compared to the calculation
results for Run 7, the results for Case A indicate somewhat
higher EHM purity and recovery at the expense of only a
slight reduction in BSA recovery.

Case B considers the effect of pre-concentrating the feed
to achieve a 50% increase in the concentration of solute
entering the SMB process. Media and solvent productivities
increase relative to the Run 7 baseline because of increased
solute concentrations for the same solvent and media usage.
The purities and recoveries predicted for Case B are essen-
tially the same as those calculated for Case A, but the dilu-
tion factors are somewhat higher. As a result, the concentra-
tions of products in the raffinate and extract are similar;
Case B predicts 7.98 g/mL BSA in the raffinate versus 7.14
g/mL for Case A, and both cases yield the same EHM con-
centration in the extract (2.26 g/mL). This suggests that a
concentration effect almost equal to that achieved by precon-
centrating the feed prior to SMB processing can be achieved
by simply increasing the feed rate to the SMB process. This
is an interesting result that could be explored further in opti-
mizing an overall process design.

Case C considers the improvement that might result by
adding additional equal-volume columns to each of Zones II
and III to obtain a 14 column system with a 2-6-5-1 zone
configuration. The total media-filled column volume is then
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1/6 larger than the base case, so productivities measured in
terms of media utilization decline, while the purities of both
products increase slightly. Compared to the base case, the
simulation predicts somewhat reduced BSA recovery and
higher EHM recovery.

Case D illustrates how performance might change on
reducing the amount of elution solvent by 20%. The raffinate
flow rate was kept the same as in Run 7, so the dilution fac-
tor for BSA isolated in the raffinate remained essentially
unchanged, while that for EHM isolated in the extract was
significantly reduced. The simulation predicts a reduction in
the recovery of each product in their respective product
streams (the reduction in recovery is particularly large for
EHM), with a reduction in the purity of BSA and a slight
increase in the purity of EHM.

Case E is targeted toward a scenario where high EHM
product purity is needed, despite the low purity of the EHM
in the feed. By specifying a 2-6-3-1 zone configuration,
more media are used in the zone that allows BSA to move
forward and further away from EHM (Zone II). With a slight
increase in step time to enhance this effect, this set of oper-
ating conditions achieves the highest EHM purity of any of
the simulations. However, compared to the Run 7 baseline,
the increase in EHM purity is obtained at the expense of a
loss in EHM recovery and a slight decrease in BSA purity.

Summary

We have proposed a systematic approach to rapid evalua-
tion of new applications of SMB chromatography and rapid
development of an accurate design model. The methodology
involves the use of single-column pulse-tests, SMB mini-
plant experiments, and process simulation using a lumped-
parameter linear driving force rate-based model. Pulse tests
are first used to screen media and other operating conditions
such as solvent composition and temperature and to deter-
mine values of profile advancement factors to use in estimat-
ing initial flow rates for a subsequent miniplant run. A rate-
based simulation of miniplant performance is then developed
by fitting data from a single miniplant run in a two-step
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procedure. In the first step, effective values of linear adsorp-
tion isotherm constants are determined by treating them as
adjustable model parameters. All other model input values
including mass transfer coefficients are estimated from
knowledge of the system or from available correlation equa-
tions. In the second step, the fit to the data is fine tuned by
adjusting the mass transfer coefficients, keeping all other
model parameter values constant. For good results, care must
be taken when generating miniplant data to accurately mea-
sure liquid flow rates, because SMB performance and simu-
lation results are highly sensitive to changes in the flow rates
within each zone. The resulting simulation can then be used
to guide subsequent experimentation aimed at achieving fur-
ther improvements in performance, refitting the model pa-
rameters if needed as more process data become available.
The same methodology could be utilized to fit process data
from an existing commercial operation to evaluate options
for improving performance.

To evaluate and illustrate the methodology, we generated
well-characterized miniplant data demonstrating high produc-
tivity operation using a model protein system and size-exclu-
sion media. As a measure of process performance, productiv-
ities based on total packed-bed volume and total solvent vol-
ume were tracked for each miniplant experiment. A dilution
factor was also defined to quantify the extent to which an
SMB process dilutes products relative to their concentration
in the feed. The proposed methodology was evaluated by fit-
ting the rate-based model to data from a single miniplant
run. Without further adjustment of the fitting parameters, the
model yielded an excellent representation of process concen-
tration profiles and data trends measured in four subsequent
runs covering a wide range of operating conditions, includ-
ing the impact of significant increases in feed rate and feed
concentrations. The same methodology should be useful for
developing other SMB chromatography applications, as well.
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Notation

a, = ext?rnal surface area per unit volume of a particle (cm?/
cm”)
A = the key fast eluting solute produced in the raffinate
B = the key slow eluting solute produced in the extract
BV; = number of empty bed volumes of feed liquid that have
passed through column j
Cj; = concentration of component i in column j (g/L)
Ci;0 = concentration of component / in column j at x = 0 (g/L)
C; rafr = concentration of component i (A or B) in the raffinate (g/L)
C extract = concentration of component i (A or B) in the extract (g/L)
Cifeea = concentration of component i (A or B) in the feed (g/L)
d, = average or effective particle diameter (4m or cm)
D.¢r; = intraparticle (effective) diffusion coefficient for component i
(cm®fs)
D.,; = molecular diffusion coefficient for component i in dilute
liquid solution (cm?%/s)
E; = axial dispersion coefficient for column j (cm?/s or cm?/min)
fx = profile advancement factor for Zone k
Fgilution,a = dilution factor for product A produced in the raffinate (no
units)
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F gilution,s = dilution factor for product B produced in the extract (no

units)

F; = size exclusion factor for component i (no units)

kym; = media overall or lumped-parameter mass transfer
coefficient, for i (cm/s or cm/min)

kexi; = mass transfer coefficient for external film resistance, for i
(cm/s or cm/min)

kini; = mass transfer coefficient for intraparticle resistance, for i

(cm/s or cm/min)
K; = effective isotherm constant for component i (mass per unit
volume basis, no units)
L = column length (cm)
Predia = productivity with respect to the amount of media used (g/h/
L
Povent = productivity with respect to the amount of feed and elution
solvent used (g/L)
Pe = Peclet number (d,, u;j/E;)
q;; = conc. of component i adsorbed within a solid particle in
column j (g/L)
quq = equil. conc. of component i/ adsorbed within a solid particle
in column j (g/L)
Qeluent = Volumetric flow rate of elution solvent added to the process
(L/min)
Qexirace = volumetric flow rate of extract (L/min)
QOfeea = volumetric flow rate of feed entering the process (L/min)
QO = volumetric flow rate within Zone k (L/min)
Qrare = volumetric flow rate of raffinate (L/min)
Q) = volumetric flow rate within Zone I (L/min)
Oy = volumetric flow rate within Zone II (L/min)
O = volumetric flow rate within Zone III (L/min)
Qv = volumetric flow rate within Zone IV (L/min)
Re = Reynolds number (d,, up/u)
t = elapsed time (s or min)
lqep = step time between switching of flows in the SMB cycle
(min)
T = absolute temperature (K)
u; = superficial liquid velocity (or face velocity) in column j
(cm/min)
Veolumn = total volume of a column plus fittings (L)
Vimedia = total bulk volume of media used in the SMB process (L)
V. = liquid molar volume of component i at its normal boiling
point (mL/g-mol)
Vinliquia = molar volume of bulk liquid phase at its normal boiling
point (mL/g-mol)
x = axial distance coordinate (cm)
&, = interparticle porosity (fixed-bed voidage) (no units)
&, = intraparticle porosity (no units)
1 = viscosity of liquid phase (g/cm/s or cP)
p = density of liquid phase (g/mL)
Vi = Const:;mt number in Egs. 10-12, for component i (s~' or
min
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